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A two-dimensional reactor model for circulating fluidized beds (CFB) was studied 
based on the assumption that at evely location within the riser, a descending dense 
phase and a rising lean phase coexist. Fluid mechanical variables may be calculated 
from one measured radial solids jlux profile (upward and downward). The internal 
mass-transfer behavior is described on the basis of tracer gas experiments. The CFB 
reactor model was tested against data from ozone decomposition experiments in a CFB 
cold flow model (15.6-m height, 0.4-m ID) operated in the ranges 2.5-4.5 m/s  and 
9 - 45 kg/(m2.s) of superjkial gas velocity and solids mass flux, respectively. Based on 
effective reaction rate constants determined from the ozone exit concentration, the model 
was used to predict the spatial reactant distribution within the reactor. Model predic- 
tions agreed well with measurements. 

Introduction 
Circulating fluidized bed reactors are widely used for the 

combustion of coal in power stations as well as for the crack- 
ing of heavy oil in the petroleum industry. Moreover, a num- 
ber of new applications such as the production of maleic an- 
hydride (Contractor et al., 1993) or the combustion of sewage 
sludge and other waste material (Werther et al., 1995) can be 
expected for the near future. Reactor models for circulating 
fluidized beds have undergone a development from rather 
simple approaches assuming plug flow (e.g., Van Swaaij, 1978) 
or dispersed plug flow (Edwards and Avidan, 1986) of gas 
toward more complex descriptions of the system. Most state- 
of-the-art circulating fluidized-bed reactor models (Kagawa 
et al., 1991; Schoenfelder et al., 1994b; Basu et al., 1994) make 
use of the core/annulus approach, which dates back to the 
work of Brereton et al. (1988). The principle of these models 
is to assume two phases to exist in the riser at every axial 
location, an upward moving dilute phase (core) and a dense 
phase (annulus) with high solids concentrations and either 
stagnant or slowly downward flowing gas. These one-dimen- 
sional two-phase approaches can account for two major char- 
acteristics of circulating fluidized bed reactors: bypassing and 
backmixing of gas. Thus, these models yield a quantitative 
description of the gas/solid contact efficiency, which may be 
significantly lower than in the case of plug flow of gas. 
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Present address o f  H. Schoenfelder, BASF AG, D-67056, Ludwigshafen, Ger- 

many; M. Kruse, Dietrich Reimelt KG, D-63322 Rodermark, Germany. 

The one-dimensional core/annulus models have reached a 
reasonable degree of maturity. They have been applied to a 
number of small-scale installations. However, it is uncertain 
at the moment whether it is possible to use this type of model 
for scale-up. A major problem is the lack of information about 
the influence of the reactor diameter on the mass transfer 
between core and annulus. Moreover, there is a significant 
contradiction between the assumption of a distinct core/an- 
nulus interface in the riser and experimental data never 
showing a steplike change of different variables along the riser 
radius. Such a strict core/annulus boundary was found nei- 
ther with respect to the local solids flux (Rhodes et al., 1992), 
nor the local solids concentration (Zhang et al., 19911, nor 
the local gas velocity (Horio et al., 19961, nor the distribution 
of continuously injected tracer gas (Kruse et al., 1995), nor 
the concentration of different species in a circulating flu- 
idized bed combustor (Boemer et al., 1993). Recent experi- 
mental work by Ouyang et al. (1993) has demonstrated that 
there are distinct spatial profiles of the reactant concentra- 
tion for the ozone decomposition reaction even in a riser of 
only 0.254 m in diameter. Particularly for the large-scale cir- 
culating fluidized-bed combustors, it is probable that three- 
dimensional models may be necessary for the application in 
industry. The results of such a three-dimensional model for 
circulating fluidized-bed combustors have been presented by 
Tsuo et al. (1995). Unfortunately, most of the details of the 
model are proprietary. 
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In two previous publications (Kruse and Werther, 1995; 
Kruse et al., 1995), a two-dimensional two-phase gas-mixing 
model for the upper dilute zone has been suggested that is 
based on the assumption that at every location within the 
riser two phases coexist: a descending dense phase (repre- 
senting downfalling clusters) and an ascending lean phase 
(representing upflowing dilute suspension). Contrary to the 
core/annulus approach, the two phases may occur at the same 
location in the riser at different times. The probability of the 
occurrence of the dense phase is described by its time-aver- 
aged local volume fraction, f d ,  which is assumed to be a func- 
tion of both radial and axial position in the riser. The de- 
pendence of f d  on the radial position is described by a 
power-law function. Its parameters as well as other fluid me- 
chanical variables are calculated from one pair of measured 
profiles of local solids flux (upward and downward). The 
model has successfully demonstrated its ability to describe 
the complex gas-mixing behavior of the circulating fluidized 
bed riser with respect to the distribution of tracer gas that 
was continuously injected over the circumference of the riser. 

In this article we report on the development of a two-di- 
mensional reactor model for circulating fluidized beds, which 
makes use of the gas-mixing model described earlier. The 
model has been tested with the ozone decomposition as a 
model reaction. This reaction system has been used success- 
fully by other authors in the field (Van Swaaij et al., 1972; 
Ouyang et al., 1993, 1995). The experiments have been car- 
ried out in the same circulating fluidized bed system that was 
used for the gas-mixing experiments. Thus, the numerical val- 
ues of the model parameters could be taken from the previ- 
ous investigation (Kruse et al., 1995). 

Modeling 
Axial staging 

In the case of risers for catalytic reactions, many authors 
treat the flow of gas and solids as fully developed (Pugsley et 
al., 1992). On the other hand, systems operated under condi- 
tions closer to those of circulating fluidized bed combustors 
definitely require consideration of the different flow struc- 
tures near the gas distributor and in the upper part of the 

Figure 1. Axial subdivision of the CFB riser according 
to the solids concentration profile. 

riser (Arena et al., 1991; Schoenfelder et al., 1994b; Basu et 
al., 1994). In the present investigation, the riser is subdivided 
axially into two different zones, the bottom zone and the up- 
per dilute zone. As indicated in Figure 1, the axial solids con- 
centration profile determines the extension of the two zones. 

In the present study, there is no definition of a splash zone 
to separate the bottom zone from the upper dilute zone. In- 
stead, the bottom zone is assumed here to include that part 
of the riser where descending clusters from the upper dilute 
phase are decelerated and dissolved into the upflowing sus- 
pension. The decision where to set the interface between the 
two zones is taken according to a measured solids concentra- 
tion profile based on pressure differential measurements. 

Modeling the upper dilute zone 
In two previous publications the authors have presented a 

two-dimensional model to describe the behavior of the upper 
dilute zone with respect to flow structure (Kruse and Werther, 
1995) and gas mixing (Kruse et al., 1995). Since the reaction 
model presented in this article is an extension of these previ- 
ous approaches, only brief descriptions are given here. 

A Model for the Flow Structure in the Upper Dilute Zone, 
The view of the flow structure that the model is based on is 
shown in Figure 2. It is assumed that at every location in the 
upper dilute zone, dense clusters of particles may appear. By 
definition, these clusters move downward, countercurrently 
to the upflowing lean suspension that surrounds them. The 
terms dense phase and lean phase are used to denote clusters 
and lean suspension. The local Volume fraction, f d ,  of the 
dense phase is assumed to vary with axial and radial position 
in the riser. The solids of the dense phase move downward 
with a velocity u d .  Since reactant gas is captured within the 
falling clusters, their motion causes a backmixing of gas. The 
interstitial velocity of the downward moving gas in the dense 
phase is called ud. For calculation of u d ,  it is assumed that 
the relative velocity between gas and solids in the dense phase 
obeys the correlation of Richardson and Zaki (1954). As well 
as both dense phase velocities, u d  and ud, the dense phase 
solids volume fraction, c u d ,  is assumed to be invariant with 
radial position. The lean phase interstitial gas velocity, u I ,  is 
assumed to be a function of both radial and axial position in 

Figure 2. Flow structure in the upper dilute zone of the 
circulating fluidized bed riser. 
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the riser. The solids in the lean phase move relatively to the 
upflowing gas with the terminal settling velocity of the single 
particle. The absolute solids velocity of the lean phase is called 
uI ,  and the lean phase solids concentration is referred to as 
c,,, which is assumed to be invariant with the radial position. 

The description of the flow structure in the upper dilute 
zone is complete, if the values of all of the variables intro- 
duced earlier are known at every radial and axial position in 
the riser. For their determination, a method has been pre- 
sented in a previous publication (Kruse and Werther, 1995). 
its principle and some simplifications for the present study 
are described in the following. 

The method is based on the assumption that the depend- 
ence of fd on the radial position can be described with a 
simple power law function: 

m 

f d  = f d w  ( i) ' 

an experimental investigation (Kruse and Werther, 1995), it 
was found that at a given axial position in the developed flow 
region of the riser the reduced profiles of upward and down- 
ward solids flux [Gs,(r)/Gs and G,,(r)/G,] are insensitive to- 
ward changes of gas velocity and solids circulation rate. It 
can therefore be stated that they are characteristic of the riser 
geometry and the properties of the gas/solids system. 

The measured radial profiles of upward and downward 
solids mass fluxes are described by power-law functions. The 
approach for solids downflow follows from Eq. 1, using the 
assumption of a constant dense phase solids velocity u, at a 
given height h: 

- ( r ) = F ( f )  Gsd m , 

GS 
(4) 

where the parameter f d w  has to be determined for every ax- 
ial position. The other parameter, m,  is characteristic for a 
given system and assumed constant. As can easily be seen 
from Eq. 1, the approach assumes that no downfalling clus- 
ters occur in the centerline of the riser, whereas a maximum 
concentration of the dense phase is found adjacent to the 
riser wall. 

An analysis of the data given by Kruse et al. (1995) shows 
that the dense phase solids fraction, cud,  can be estimated 
from the cross-sectional averaged solids volume fraction as 

(1) where F ,  the maximum reduced solids downward flux at the 
riser wall, is constant for all operating conditions at a given 
height. 

In the previous study (Kruse and Werther, 1995), the local 
solids flux was found to vary with the axial position in the 
riser. For a given operating state, the reduced downward 
solids flux was found to be proportional to T,,(h). Based on 
this finding, Eq. 5 was developed as a means of calculating all 
radial profiles of local downward solids flux as a function of 
the axial position, h: 

(2)  
where parameter D is constant for a given set of operating 
conditions at any height within the riser. 
In the present study, upflow of particles at the riser wall is 

neglected. Thus, the following equation is proposed to repre- 
sent the radial profile of local upward solids flux: 

This finding corresponds well to the results of Lints and 
Glicksman (1992), who have found the correlation cud = Z:5 
to yield a good description of experimental data from various 
researchers. 

in the present study, the axial profile of the cross-sectional 
averaged solids concentration, 2,(h), is described in the up- 
per dilute zone with the exponential decay function sug- 
gested by Kunii and Levenspiel (19911, 

In the present study, all parameters of Eq. 3 were fitted to 
experimental data obtained from pressure differential mea- 
surements. The influence of acceleration and friction on the 
pressure profiles is neglected. 

The key feature of the approach is a method to calculate 
radial profiles of the upward and downward solids fluxes 
[GsI(r, h )  and Gsd(r, h)] for given operating conditions at 
every axial position in the riser. As input data for the calcula- 
tion one measured pair of radial profiles of G&, Hm) and 
Gsd(r, Ifm> at a height Hm is required. The experiments can 
be carried out at reference conditions (uref, Gs,rer) that must 
not necessarily be identical with those for which the flow 
structure has to be calculated. The method extends the con- 
cept of similar profiles of solids net fluxes, which was discov- 
ered by Monceaux et al. (1986) and confirmed by other au- 
thors (e.g., Molodtsof, 1992; Rhodes et al., 1992), to the pro- 
files of the upward and downward solids flux, respectively. In 

(6) 

where n is constant for all operating conditions at all axial 
positions in a given system and A may be calculated for any 
height from the condition that the integral of the reduced 
solids flux has to equal unity, 

The parameters F ,  m ,  n are constant for all operating con- 
ditions at a given height. For their determination, one mea- 
sured pair of radial profiles of upward and downward local 
solids flux is analyzed. F and m are obtained from the mea- 
sured local downward solids flux profile by fitting. The pa- 
rameter n is then calculated by fitting Eq. 6 to the measured 
radial profile of local upward solids flux. 
In order to calculate the local profiles of upward and 

downward solids flux for a given set of operating parameters 
at any axial location in the upper dilute zone, the following 
steps have to be performed: 
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Figure 3. Mass balance for a differential volume in the 
upper dilute zone. 

1. Measurement of a pair of radial profiles of local upward 
and downward solids flux profiles in the given CFB system 
(geometry, gas, solids) under reference conditions (uref, Gs,rct) 
at a height H,. Fitting calculations yield F ,  rn, and n. 

2. Calculation or measurement of axial solids concentra- 
tion profile, c,(h) for operating conditions of interest (u ,  GJ 
Calculate D as D = FFJH,,,). 

3. Calculate radial profiles of local upward and downward 
solids fluxes at any height in the upper dilute zone for oper- 
ating conditions (u,  GJ, using Eqs. 5 ,  6, and 7. 

Once the radial profiles of local upward and downward 
solids fluxes are determined, local and integral mass balances 
for gas and solids may be used to calculate the characteristic 
properties, that is, u,, cul ,  u l ,  f d ,  u d ,  c u d ,  u d .  More details 
have been given by Kruse and Werther (1995). 

Reaction Behavior in the Upper Dilute Zone. In order to 
obtain a two-dimensional description of the behavior of the 
upper dilute zone with respect to chemical reactions, mass 
balances for the chemical species are formulated for a differ- 
ential volume element of the upper dilute zone. The element 
depicted in Figure 3 has the volume 2rrr dr dh. 

In this volume element, two different phases, dense and 
lean, coexist and exchange gas with each other. Transport of 
gas in the axial direction is convective in both phases, down- 
ward in the dense phase and upward in the lean phase, and 
axial dispersion is neglected. Whereas for gas in the lean 
phase it is assumed that radial transport occurs by dispersion, 
this effect is neglected for the dense phase. Transport of gas 
by adsorption on the particles is neglected. Chemical reac- 
tions are considered in the dense as well as in the lean phase. 
In the present state of development, the model can only be 
applied to reactions that do not cause a change of the molar 
gas flu. Moreover, the catalyst activity in the reactor is as- 
sumed to be uniform. 

Figures 4 and 5 show differential volume elements in the 
upper dilute zone of the dense and lean phase, respectively, 
including all terms of the mass balances. Note that all vari- 
ables for the description of the flow structure as well as their 
spatial derivatives are known from the preceding calculation 
of the flow structure. It can be performed independently from 
the description of the reaction behavior, because the chemi- 
cal reactions are assumed not to affect the flow structure. 

The flow conditions are changing with height in the upper 

Figure 4. Mass balance for a differential control volume 

dilute zone. In particular the dense phase volume fraction, 
f d ,  is decreasing with height. This requires the introduction of 
a convective exchange between the dense and the lean phase 
(characterized by k, )  and a radial gas velocity, u,. The con- 
vective exchange flux per unit reactor volume, k,, may be 
calculated from a balance of the volumetric gas flow for the 
differential volume of the dense phase, cf. Figure 4, 

of the dense phase. 

Note that the concentration of the gas that is either trans- 
ferred into the dense or into the lean phase, C,, is a function 
of the direction of the convective flux 

C,, for k ,  > 0 
“ = { C d ,  fork,<O. (9) 

The radial gas velocity, ur ,  is calculated from a balance of 
the volumetric gas flow for the differential volume of the 
dense phase, cf. Figure 5, 

Z n r d r ( 1 -  fd)(l  - C , ~ ) U I  C, 

-D, 2 %  r d h ( 1 -  f d )  I I -D, 2n( r+  d r ) d h ( l -  [ f d  + $ d r l  

I. I 
r ’  dr 

Z n r d r ( 1 -  fd)(l  - C , ~ ) U I  C, 

Figure 5. Mass balance for a differential control volume 
of the lean phase. 
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Figure 6. Mass balance for a volume of differential ra- 
dius in the bottom zone of the riser. 

The differential equation is solved with the boundary condi- 
tion at the riser wall u,(r = R )  = 0. 

The mass exchange between the dense and the lean phase 
is characterized by the product k.a  of a mass transfer coeffi- 
cient, k (based on the unit mass transfer area), and the vol- 
ume-specific mass transfer area, a .  The mass transfer area 
between the phases will certainly be influenced by the local 
volume fraction of the dense phase, f d .  If we consider a sin- 
gle cluster to have a surface area based on its volume, a*, a 
amounts to a*fd. If the number of clusters (and thus f d )  in- 
creases, the value of a will also increase until coalescence of 
the clusters will again reduce the mass transfer area. In the 
case f d  = 1,  no mass transfer area would be available. The 
approach used here to describe the dependence of a on fd is 
formulated as a = a*fd(l - fd). Thus, the resulting expression 
for k.a  is 

where k* may be understood as the mass exchange coeffi- 
cient of a single downfalling cluster. In our previous study 
(Kruse et al., 1995), a value of k* = about 0.3 sC1 has been 
determined for sand particles in a rather dilute circulating 
fluidized bed system, where values of fd were low and the 
approximation k.a  = k*fd was used. In order to avoid pa- 
rameter fitting, the value of k* = 0.3 s - l  is assumed to be 
valid for all operating conditions in the present study, too. 
The cluster size is thus assumed not to vary with the operat- 
ing conditions. 

The radial dispersion coefficient, Or, was determined ex- 
perimentally in the preceding study (Kruse et al., 1995) for 
the same circulating fluidized bed riser that is used here. The 
result was presented in the form of the Peclet number, Per, 
which was found to be constant throughout the range of op- 
erating conditions investigated: 

species, R , ,  describes the catalytic decomposition of ozone. 
Since this is a first-order reaction (Van Swaaij and Zuider- 
weg, 19721, the expression for the reaction rate is rather sim- 
ple 

R u d  = cud PskmCd (13a) 

Rut =cut  PskmCl (13b) 

where the reaction rate constant, k,, is defined per unit cat- 
alyst mass. 

In Figures 4 and 6, the vectors of the convective dense 
phase fluxes point downward in order to provide a better il- 
lustration of the flow structure. With all vectors pointing in 
the positive direction of the axial coordinate, h,  the resulting 
differential equation for the reactant concentration in dense 
phase can easily be derived from the balance as 

2rrrdr ( 1 -  [ cud+-dh 1) (fd + g d h )  ( u d  + 2 d h )  

+ 257 rdrdh ka(Cd - c,) 
-27-rrdrdhk,Cc -27-rrdrdhfdRud = 0. (14) 

The corresponding lean-phase partial differential equation is 

- 27-r rdr(1-  f d ) ( l  - cul)ulC, 

-27-r rdrdhka(Cd - C,) - D,2m drdh(1- c,,) 

( TrC1 dr dCi dr d f d  dr 1 x r T ( 1 -  fd)+  - ( l - f d ) -  r-  - dc l  

+ k,2ardrdhCc +27-rdrdh - r e l  + u, -r + C, [:": (:: )] 
- 2 7 - r r d r d h ( l - f d ) R U I = 0 .  (15)  

The partial differential equation, Eq. 15, is solved using 
the following boundary conditions in the radial direction: 

( 16a) 

Per = - udt = 387. 
Dr 

(12)  In the axial direction, two boundary conditions for the so- 
lution of the differential equations, Eqs. 14 and 15, are given 
at both ends of the riser. At the lower end of the upper di- 
lute zone, the boundary condition for the lean phase is sim- 
Ply given bY the gas concentration of the bottom zone 

Though the solids system of the present study is different 
from that used in the former investigation, as a first approxi- 
mation the resulting value of Per = 387 is assumed to be valid. 

In this investigation, the reaction rate of the regarded h= Hb: Cl=Cb,  (17) 
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where C, is calculated from a bottom zone model, which is 
described in the following section. For the dense phase, which 
is moving in the downward direction, the adequate boundary 
condition is not as obvious. A good agreement with the ex- 
perimental results is obtained if we assume that at the riser 
exit all axial gradients of the dense-phase concentrations are 
vanishing, 

(18) 

Bottom-zone modeling 
Unfortunately, there is not enough experimental knowl- 

edge about the phenomena near the gas distributor in a cir- 
culating fluidized bed available to allow detailed two-dimen- 
sional modeling of the bottom zone. Instead, we are re- 
stricted to a rather rough approach. 

The solids volume concentration in the bottom zone, cab, 

is assumed to be invariant with vertical and horizontal posi- 
tion. Its numerical value is determined by the overall pres- 
sure balance of the riser, 

In Eq. 19 it is assumed that acceleration and friction effects 
on the local pressure drop are negligible. 

In order to describe the behavior of the bottom zone with 
respect to the two-dimensional gas mixing behavior we make 
the following assumptions: 

1. As proposed by Luca et al. (19951, gas mixing in the axial 
direction is assumed to be complete. 

2. Gas mixing in the radial direction is assumed to be com- 
plete for r > Rnet, where R,,, denotes the location of zero 
net flow of solids in the upper dilute zone at h = H,. 

3. Gas mixing in the radial direction is negligible for r < 

4. The local superficial gas velocity at the gas distributor 
level, u&), is related to the interstitial velocities in the two 
phases at the lower boundary (h=H,)  of the upper dilute 
zone by 

Rmt. 

The equation to calculate the concentration C, in the bot- 
tom zone at a given radial position, r ,  can easily be derived 
from Figure 6. It holds that 

Since in the region r > R,,, the radial gas mixing is assumed 
to be complete, it holds for the reactant concentration in the 
wall region, Cbw, that, 

where the average superficial gas velocity in the range R > r 
> R,,, at the gas distributor, uow, is calculated as 

(23) 

Note that in Eqs. 20 to 23, all variables of the upper dilute 
zone have to be calculated for h = H,. Due to the backmix- 
ing of gas from the dense phase of the upper dilute phase 
into the bottom zone, Eqs. 20 to 23 have to be solved simulta- 
neously with the partial differential equations describing the 
upper dilute zone of the riser. In the solving algorithm used 
in the present study, the bottom-zone model is treated as a 
complex boundary condition for the upper dilute zone. 

Solving algorithm 
The system of partial differential equations is solved with 

the method of finite differences. A grid of 200(axial)x 
20(radial) elements was found to allow for a sufficient calcu- 
lation accuracy. Due to the linear behavior of the first-order 
ozone decomposition reaction, the method yields a system of 
200 X 20 x 2 linear equations, which was solved numerically 
using standard FORTRAN routines for band diagonal sys- 
tems provided by Press et al. (1992). Computational times are 
of the order of 10 min on a 486/33 system. 

Experimental 
Circulating fluidized bed system 

The CFB system used in the present study is depicted in 
Figure 7. The riser is 15.6 m high and has an internal diame- 
ter of 0.4 m. Solids separated from the gas stream by two 
cyclones are returned to the riser via a siphon. More details 
about the apparatus and the measuring techniques are given 
elsewhere (Hartge et al., 1988). 

For the present investigation, an ozone generator (Hans 
Neumayer GmbH, Freiburg, Germany) was connected to the 
main air supply. The ozone was fed to the fluidizing air di- 
rectly after the blower to allow for a sufficient mixing length 
before the gas enters into the windbox of the CFB riser. Thus, 
the ozone was completely mixed with the primary air at the 
gas distributor. The ozone concentration in the fluidizing air 
was adjusted to about 2 ppm. 

The catalyst used in the experiments is a 
porous amorphous aluminum hydrosilicate with about 10% 
of crystalline silica. A certain amount of iron oxide acts as 
active component for the decomposition of ozone. The mate- 
rial called K-306 is produced by Siid-Chemie AG, Munich. 
The solids apparent density is about 1,420 kg/m3 (estimated 
from the bulk density with E = 0.51, and the minimum flu- 
idization velocity of the used catalyst with a Sauter mean di- 
ameter of 50 p m  was determined to be 1.9 m/s (am- 
bient air, 2OoC, 100 kPa). The particle-size distribution was 
measured every day during the measuring campaign. After an 
initial loss of fines, the particle-size distribution in the CFB 
system remained constant at values plotted in Figure 8. 

The first-order reaction rate constant based on the unit 

Solids System. 
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Figure 7. CFB system. 

mass catalyst, k,, was in the range of -1.0 to -3.0 
rny(s-kg) for the conditions in the CFB riser. The value 

is strongly influenced by the temperature as well as by the 
moisture content of the fluidizing air (Van Swaaij and 
Zuiderweg, 1972). Therefore, no externally measured reac- 
tion-rate constants were used as input data for the modeling, 
and values of k ,  were determined by fitting model calcula- 
tions to the outlet concentration of ozone. 

Local solids mass flux measurements 
The model approach for the description of the flow struc- 

ture in the CFB riser is based on one measurement of a pair 
of radial profiles of upward and downward solids mass flux. 
The measurements were carried out at a height of 8.4 m above 
the gas distributor. 

A suction probe system as depicted in Figure 9 has been 
used to obtain the experimental data. The probe was espe- 
cially designed for measuring local solids mass fluxes of fine 
and light particles. It was rotated to measure either the up- 
ward or downward solids fluxes. In order to be able to vary 
the suction velocity at the probe tip without the risk of block- 
ing inside the conveying line, an internal recycle probe was 
designed following earlier work (Werther, 1993). The key fea- 
ture of the design is an internal recirculation of air in the 
probe system, which allows low gas velocities at the probe tip 
and a sufficient conveying gas velocity after the recycle air 
injection (only 15 mm downstream the suspension inlet). 

particle diameter, dp [pm] 

Figure 8. Particle size distribution of K-306 after 40 h of 
operation in the CFB system. (By laser ana- 
lyzer, Sympatec GmbH, Clausthal, Germany.) 

During the measurements, the probe was kept in suction 
operation for 30 s before the weight of solids in the collector 
was determined. The procedure was repeated twice and if 
the scattering of the three measurements exceeded 15%, a 
fourth measurement was carried out. Thus, a single data point 
is the average value of at least three separate measurements. 

For fluidizing velocities between 2.5 and 4.5 m/s, an opti- 
mum suction velocity at the probe tip, utip, of about 0.7 m/s 
and a conveying velocity inside the probe of about 5 m/s were 
found in earlier calibration tests. Under these conditions, re- 
producible results with a minimum deviation between the ex- 
ternal solids circulation rate and the integral of the net local 
solids flux were obtained. The deviation varied between 
+ 10% and + 130%, which may be due to the very fine and 
light catalyst particles. The measured data were used in the 
form of the reduced solids mass flux profiles [Gs,(r)/Gs, and 
Gsd(r)/Gsi], where Gsi is calculated from the integral of the 
measured profiles. These reduced profiles are not too sensi- 
tive to errors of the absolute values of G,, and Gsd. 

Ozone concentration measurements 
Gas samples from the CFB riser were continuously col- 

lected and analyzed by the experimental setup shown in Fig- 

100 I I 1  

hp filter 1 rotameter 1 
12 

rotameter 2 

ll 
suspension 

I Pump conveying air 

Figure 9. The suction probe system. 
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stainless steel 

I 

Figure 10. Experimental setup for ozone concentration 
measurements. 

ure 10. The gas sampling probes are equipped with a cylindri- 
cal tip of sintered bronze with a length of 18 mm and an 
outer diameter of 6.2 mm. Solids retention of the sintered 
bronze with a pore diameter of about 10 p m  was complete. 
An appropriate sealing mechanism allowed to adjust the 
measuring position of the probe in the radial direction during 
operation of the CFB. 

A sampling pump with a Teflon membrane (ASF GmbH, 
Puchheim, Germany) is used to withdraw the gas from the 
CFB system. Tubes and valves that are in contact with the 
ozone-containing gas are made of Teflon to prevent unin- 
tended decomposition. The gas is transported to the ozone 
analyzer (Beckman Instruments Ltd., Fullerton, USA), which 
used the chemiluminescent reaction of ethene and ozone to 
formaldehyde as the measuring principle. 

In an initial blank run, the decomposition of ozone in the 
empty tube of the CFB was measured. At all locations in the 
riser, the ozone concentration was found to lie in a range of 
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~ 3 . 1  m/s 
dpf0,=9400 Pa 
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0.00 0.65 o, io o:o 0.1 0,2 0.0 0, l  02 

c, 1-1 c, 1-1 5, [-I 
Figure 11. Axial solids concentration profiles (from 

pressure differential measurements) for u = 
about 3 m/s. 

- - 

Symbols: experimental data from 7 separate measure- 
ments. Solid lines: best fit model calculation (Eqs. 3 and 
19). 

~ 3 . 9  m/s 
dp,p5600 Pa 
G,=21 kglm's 

0,OO 0.05 0.10 0.150,O 0.1 0.2 0.0 0,l 0,2 - - 
c, r-I c, 1-1 2" 1-1 

Figure 12. Axial solids Concentration profiles (from 
pressure differential measurements) for u = 
about 3.75 m/s. 
Symbols: experimental data from 7 separate measure- 
ments. Solid lines: best fit model calculation (Eqs. 3 and 
19). 

98.5-100% of the value measured below the gas distributor. 
Therefore, the effect of undesired decomposition of ozone 
was neglected. 

In order to determine ozone concentration profiles, mea- 
suring ports at axial distances of 1.1, 3.1, 6.1, 9.1, and 13.1 m 
above the gas distributor were used to insert probes. More- 
over, gas samples for measuring ozone concentrations were 
taken below the gas distributor and between the primary and 
secondary cyclone to yield information about the inlet and 
outlet concentration, respectively. Radial profiles of the ozone 
concentration were obtained from measurements at radial 
positions r/R = 0, 0.4, 0.6, 0.775, and 0.975. During an exper- 
imental run, all probes currently not in use were flushed by 
small amounts of purge air. The sampling gas of the probe in 
operation was fed to the analyzer until the steady-state signal 
was recorded for at least 1 min to measure the local ozone 
concentration, C. The desired measuring information used for 
the model evaluation is the local dimensionless ozone con- 
centration, C/C,. Therefore, the ozone concentration C, be- 

0.00 0.05 0,lO 0,O 0.1 0,2 0,o 0 , l  0;2 

c, 1-1 c, [-I -6, [-I 
Figure 13. Axial solids concentration profiles (from 

pressure differential measurements) for u = 
about 4.5 m/s. 

- - 

Symbols: experimental data from 7 separate measure- 
ments. Solid lines: best fit model calculation (Eqs. 3 and 
19). 
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Table 1. ID-character, Operating Conditions, and Best-Fit Parameters of Axial Solids Concentration Profiles (Eqs. 3 and 19) 
of the Ozone Decomposition Measurements 

U a APtOt G, - - Hb 
ID m/s Pa kg/(m2.s) C"! Cum m-I rn cub 

0 2.5 5,400 11 0.035 0.02 1 0.75 0.1 
3.1 5,400 
3.9 5,600 
4.5 5,400 
3.1 9,400 
3.8 10,600 
4.6 9,900 
3.0 15,100 
3.8 14,200 
4.4 13,400 

17 
21 
24 
19 
30 
42 
24 
33 
39 

0.05 
0.035 
0.035 
0.08 
0.07 
0.06 
0.125 
0.1 
0.1 

0.022 
0.023 
0.022 
0.03 
0.041 
0.04 
0.038 
0.051 
0.05 

1.5 
1 
1 
0.5 
1 
1 
0.35 
0.6 
0.7 

0.4 
0.6 
0.5 
1.2 
1 
0.8 
2 
1.4 
1 

0.08 
0.08 
0.09 
0.12 
0.13 
0.12 
0.16 
0.15 
0.16 

low the gas distributor was determined immediately before 
and after the measurement of an axial concentration profile 
using the probes from within the CFB riser. 

Results and Discussion 
Axial solids distribution 

The experiments for the investigation of the ozone decom- 
position in the CFB system were carried out under ten differ- 
ent operating conditions. The gas velocity was adjusted within 
the range of 2.5-4.5 m/s and the total riser pressure drop 
was varied between 5,400 and 15,100 Pa. In Figures 11, 12, 
and 13 axial profiles of the cross-sectional averaged solids 
volume fraction, F,(h), are plotted. Each plot contains exper- 
imental data from seven separate measurements that have 
been taken during an entire day of steady-state operation of 
the CFB system. It can be seen that in the case of low total 
riser pressure drop, that is, low solids holdup, the cross-sec- 
tional average solids concentration, E,(h), is constant 
throughout almost the total height of the riser. On the other 
hand, when the solids holdup is high, a significant decay of C, 
is found over almost the whole riser length. In the case of the 
highest gas velocity (u = 4.5 m/s) a slight exit effect, causing 
increasing solids concentrations at the riser top has been ob- 
served. The effect is neglected in the present study, but should 
be considered if the model is applied to a CFB system with 
an axial concentration profile that is significantly influenced 
by exit effects. 

The measurements of the axial solids distribution were used 
to determine the parameters and results of Eqs. 3 and 19, 
respectively, in order to provide a mathematically usable ba- 
sis for the modeling. Table 1 gives an overview of the operat- 
ing conditions chosen for the ozone decomposition measure- 
ments as well as of the corresponding parameters of the axial 
solids distribution. Every operating state can be identified by 
an uppercase character that is listed in the first row of Table 
1. The experimental conditions described in Table 1 can be 
divided into three groups with different total riser pressure 
drop, Aptot, of about 5,500, about 10,000, and about 14,000 
Pa, respectively. Within each group the superficial gas veloci- 
ties were adjusted to approximate values of 3, 3.75 or 4.5 
m/s. 

Local solids mass jlu propks and flow structure 
In the previous section dealing with the flow structure, a 

calculation method is presented that can be applied to deter- 

mine all variables of the two-dimensional description of the 
flow structure. This method is based on both the information 
given in the last section and a measured pair of radial pro- 
files of reduced solids fluxes, csl/csi and Gsd/Gsi. An impor- 
tant advantage of the method is that the solids flux measure- 
ment must not necessarily be carried out at the same operat- 
ing conditions that the model is used for. It was decided to 
use measurements at a medium gas velocity of 3.6 m/s as 
input data for the calculation. In Figure 14, the results of the 
measurement are depicted together with the best fit model 
calculations using Eqs. 4 and 6. The parameters were deter- 
mined as F = -2.7, n = 1.9, and m = 6.0. These values are 
the basis of all model calculations presented in the following. 

On the basis of the axial solids concentration profiles and 
the parameters F ,  n, and m,  the method described earlier 
was used to calculate the parameters of the two-dimensional 
flow structure model for all operating conditions used in the 
ozone decomposition experiments. As an example, in Table 2 
an overview of the parameter values of the model at a height 
of 12 m is given. 

For each axial position in the riser, the radial distribution 
of the lean phase gas velocity, ul,  and the dense phase vol- 
ume fraction, f d ,  is calculated. Figures 15 and 16 show some 
examples of the model predictions. The radial profiles of the 

-2 1 t '  I I I I 

0.0 0.2 0.4 0.6 0.8 
rlR 1-1 

0 

Figure 14. Radial profiles of reduced local solids mass 
flux. 
Symbols: measured data at reference conditions [ u , , ~  = 3.6 
m/s, = 24 kg/(m2.s), H,,, = 8.4 ml. Solid lines: model 
calculation using Eqs. 4 and 6 ( F  = - 2.7, n = 1.9, and rn = 
6.0). 
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Table 2. Parameters of the Two-dimensional Description of the Flow Structure at the Operating States for the Ozone 
Decomposition Measurements at a Height of 12 m. 

U A Ptot G5 ud ud - - 
ID m/s Pa kg/(m2d C"1 cod m/s m/s f d w  

0 2.5 5,400 11 0.0052 0.10 - 0.33 - 0.26 0.60 
A 3.1 5,400 17 0.0064 0.11 - 0.47 - 0.40 0.61 
B 3.9 5,600 21 0.0064 0.11 - 0.57 - 0.50 0.63 
C 4.5 5,400 24 0.0062 0.11 - 0.68 - 0.61 0.61 
D 3.1 9,400 19 0.0073 0.13 - 0.36 - 0.30 0.73 
E 3.8 10,600 30 0.0093 0.16 - 0.42 - 0.36 0.86 
F 4.6 9,900 42 0.01 1 0.16 - 0.65 - 0.59 0.81 
G 3.0 15,100 24 0.088 0.15 - 0.30 - 0.24 0.84 
H 3.8 14,200 33 0.0086 0.18 - 0.34 - 0.29 0.99 
I 4.4 13,400 39 0.010 0.18 - 0.43 - 0.38 0.91 

dense-phase volume fraction in Figure 15 indicate that the 
descending dense phase is concentrated close to the riser wall. 
In contrast to the core-annulus approach, we see a 
monotonous decrease of the dense phase volume fraction with 
increasing distance from the wall. Increasing the solids holdup 
in the riser leads not only to an increase of fd, but also to 
increased values of cud and cUI (cf. Table 2). The plot of the 
lean-phase gas velocity, uI ,  shows steep profiles that strongly 
deviate from the turbulent velocity profiles of the single-phase 
gas flow. Increasing the fluidizing velocity, u, leads to an even 
steeper profile. 

The dependence of the ul and fd profiles on height above 
the distributor is shown in Figure 16. With increasing height 
above the distributor, the volume fraction of the dense phase 
is decreasing, which is due to the decrease of cross-sectional 

0.8 wtof=l 3400 Pa 

0.0 4 
10 I I 

u=4.4 m/s 

\ u=3.1 m/s 
wfo,=5400 Pa 

0.0 0.2 0.4 0.6 0.8 1.0 
r/R [-] 

Figure 15. Comparison of calculated radial profiles of 
f ,  and u, for two different operating states 
[u=3.1 m/s, Aptot =5,400 Pa (ID: A) and u= 
4.4 m/s, Aptot = 13,400 Pa (ID: I)] at a height 
of 12 m above the distributor. 

average solids volume fraction with height (cf. Figure 11). The 
different fd(r) profiles are reflected in the development of 
u I ( r )  with height. 

Ozone concentration profiles 
The results of the calculation of the fluid mechanical vari- 

ables as described in the previous section are used as input 
data for the model of the reaction behavior of the CFB. In 
the following, the modeling results obtained as solutions of 
the system of differential equations, Eqs. 14 and 15, are com- 
pared to experimental data. 

At a given location in the upper dilute zone of the riser, 
the results of the model calculation consist of two ozone con- 
centration values: one for the lean and one for the dense 
phase. For comparing the model calculation with experimen- 
tal data, it is assumed that the gas-sampling probe draws off 

1.0 I I 

i 
~ 3 . 0  mls 
~ p ~ ~ ~ 1 5 1 0 0  Pa 

0.8 - 

0.6- 
0 
0.4 - 

0.2 - 

0.0 - 

h=3.8 m 1 

1 h=2m \5 
- J  h=l5rn \I 
0 0  
0.0 0.2 0.4 0.6 0.8 1.0 

r/R [-] 
Figure 16. Comparison of calculated radial profiles of 

fd and u, for one operating state [u = 3.0 m/s, 
Aptot=15,1O0 Pa (ID: GI1 at different axial 
positions. 

1884 July 1996 Vol. 42, No. 7 AIChE Journal 



i n .  

0.2- 

0.0 

0.6 - 

0.4 - 

0.2 - 

h=l.l m 

1 - 1 ~ 1 ~ 1 .  

0 r/R=0.4 
A r/R=0.6 
v rlR=0.775 
0 r/R=wall 

0.oI  I I -  I I I -  I .  I '  I I I J 
0 2 4 6 8 1 0 1 2 1 4  

axial distance from gas distributor, h [m] 

Figure 17. Comparison of calculated and measured 
ozone concentration profiles [u = 2.5 m/s, 
Ap,,, = 5,400 Pa, G, = 11 kg/(m2.s)l. 
Symbols: experimental data. Lines: model calculation [k, 
= - 1.6x kg/ (m2dl .  

the gas from both phases and that the amount of gas originat- 
ing from a phase is proportional to its local volume fraction. 
Thus, it holds for the local ozone concentration 

The model calculations require the reaction rate constant, 
k,, as input parameter. Values of k ,  were obtained by fit- 
ting the calculated outlet ozone concentration, Gout, which is 
obtained from integrating the local ozone concentrations in 
the upflowing lean phase at the axial position H,  

(25)  

to the measured outlet concentration. 
The reaction-rate constants being fixed, the model allows 

predictions of the spatial distribution of the reactant concen- 
tration inside the whole upper dilute zone of the riser. As an 
example, Figure 17 shows calculated and predicted axial pro- 
files of the reduced ozone concentration, C/C,(h, r ) ,  at dif- 
ferent radial positions. 

It can be seen from Figure 17 that the ozone concentration 
in the centerline of the riser is almost constant with riser 
height, and only minor differences between the ozone con- 
centration profiles at radial positions between r/R = 0 and 
r/R = 0.775 are found. Near the wall, on the other hand, a 
significantly lower ozone concentration has been measured. 
Here, a maximum of the ozone concentration is observed at a 
medium height above the gas distributor. This result corre- 
sponds well with earlier findings by Kagawa et al. (1991) and 
Ouyang et al. (1993, 1993, who have found qualitatively simi- 
lar concentration profiles adjacent to the wall for the ozone 
decomposition reaction in smaller CFB systems. Figure 18 
depicts some of the data presented in Figure 17 in the form 
of radial profiles of measured and calculated ozone concen- 
tration. The profiles are steep near the bottom zone and more 
flat at elevated positions in the riser. 

1.0 , 1 

0.4 1 
h43.1 m 0" 0.0 b 

2 1.0 

0.4 

Obviously, there is a good agreement between calculated 
and measured ozone concentration profiles in Figures 17 and 
18. Even the slight maximum of the ozone concentration, 
which has been measured at the riser wall, is confirmed by 
the model. Some deviations occur near the bottom zone, 
which is due to the very rough model for the bottom zone. 

In the same way as in the example of Figures 17 and 18, 
the model calculations have been performed for all experi- 
ments listed in Table 1. A n  overview of the outlet concentra- 
tions and the best fit reaction rate constants is given in Table 
3. 

Figure 19 compares measured and calculated ozone con- 
centration profiles for the experiments that have been taken 
at low values of the solids holdup. The pressure drop over 
the whole riser length was about 5,500 Pa. In these and all 
following plots, the results for the radial position r/R = 0.4 
have been omitted, because they are in all cases very close to 
the values in the centerline of the riser. The model predic- 
tions are again in good agreement with the measurements. 

Figure 20 shows a similar comparison between measure- 
ments and predictions for three operating conditions that are 
characterized by riser pressure drops, Apt,,,, between 9,400 
and 10,600 Pa. A comparison with Figure 19 reveals that the 
incr,easing solids holdup causes significantly higher ozone 
concentration differences between the centerline and the wall 
region of the system. Obviously, the model is very well able 
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Table 3. Measured Reduced Ozone Concentrations at the 
Riser Outlet and Best Fit Reaction Rate Constants 

U 
ID m/s 
0 2.5 
A 3.1 
B 3.9 
c 4.5 
D 3.1 
E 3.8 
F 4.6 
G 3.0 
H 3.8 
I 4.4 

A P t O t  
Pa 

5,400 
5,400 
5,600 
5,400 
9,400 

10,600 
9,900 

15,100 
14,200 
13,400 

11 
17 
21 
24 
19 
30 
42 
24 
33 
39 

c/c, 9 

Outlet 
0.78 
0.84 
0.82 
0.85 
0.71 
0.77 
0.76 
0.72 
0.69 
0.73 

- 1 . 6 ~  10-3 
- 1.6X 
- 2.6 X 
- 2 . 4 ~ 1 0 - 3  
- 2.3 X 
-1.gx10-3 
- 2.7 X lo- '  
- 1 . 0 ~  
- 3.0 X 
- 2.6 X 

to describe this behavior. The calculated axial concentration 
profiles in the centerline and at the wall are in good agree- 
ment with the measured data. 

On the other hand, it is seen that there is a deviation be- 
tween experimental and calculated data at the radial position 
of r/R = 0.775. In the cases depicted in Figure 20 the pre- 
dicted ozone concentrations at this radial position are some- 
times much higher than the measured values. This turns out 
to be a characteristic deviation, which is even more obvious 
from the plots given in Figure 21. It shows again a compari- 
son between measurements and predictions for operating 
conditions that are characterized by high solids holdups. The 
total pressure drop in these plots were in the range 
13,400-15,100 Pa. 

When the solids holdup is increased, an obvious change of 
the shape of the ozone concentration profiles is observed. 
Whereas in the case of low values of the solids holdup the 
ozone concentration gradient at the riser wall is very high, 
the profiles become much smoother in the case of a higher 
solid holdup. This finding has also been reported by Ouyang 
et al. (1995), who have examined the ozone decomposition 
under similar conditions as in the present study. Evidently, 
the present model cannot fully account for the change of the 
reactor behavior at the radial position r/R = 0.775, when the 
solids concentration is increased. This failure, however, does 
not seem to affect the model's capability to properly describe 
the region near the wall and the centerline of the riser. A 
possible reason may be that during the transition from lean 
to denser conditions, some parameters of the model may 
change, for example, the radial dispersion coefficient of the 
lean phase. In the present study, all parameters concerning 
the gas mixing have been taken from previous experiments 
&use et al., 1995), which were carried out under rather di- 
lute operating conditions. Thus, it cannot be expected that 
the model can account for all phenomena to occur within a 
very wide range of operating conditions. Current work con- 
cerns improvements of the model, with respect to dense con- 
ditions. 

Under all operating conditions, the radial gradients of the 
ozone concentration are much higher than the axial gradi- 
ents. This is especially true in those cases with higher solids 
concentration. It is remarkable that near the gas distributor 
extremely low ozone concentrations are found adjacent to the 
wall, whereas the total conversion is rather low. Obviously, 
the CFB riser exhibits significant mass transfer limitations, 
which have to be taken into account. If one considers more 
rapid reactions than the ozone decomposition, for example, 
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o.2 1 B I 

o.2 1 C l  
0.0 JI 

0 2 4 6 8 1 0 1 2 1 4  
axial distance from gas distributor, h [m] 

Figure 19. Comparison of measured and calculated 
ozone concentration profiles for low values 
of the solids holdup. 
Experimental conditions as given in Tables 1 and 3. Sym- 
bols: experimental data ( 0 :  center, 0: r/R = 0.6, A : r / R  = 
0.775, V: wall). Lines: corresponding model calculations. 

combustion of solid fuels, the mass transfer limitations are 
even more important than in the present study. In the case of 
combustion processes, one has to be aware of the existence 
of reducing conditions, because at some locations the oxygen 
concentrations may drop to values of essentially zero. It can 
be concluded for catalytic synthesis reactions, that the cata- 
lyst efficiency is significantly lowered in the region near the 
wall of the riser, because the reactant concentration may drop 
to very low figures. Since a major fraction of the catalyst is in 
this region, this finding is important for prediction of the re- 
actor performance. 

The present model may serve as a useful tool to predict 
the behavior of CFB reactors that are assumed to be affected 
by internal mass transfer limitations. At the present state of 
development, the behavior of a pilot-scale CFB reactor can 
be properly described on the basis of parameters that were 
determined from tracer gas experiments only. However, the 
present approach would benefit from future improvements. 
The currently used model for the flow structure near the gas 
distributor is definitely too simple for an appropriate descrip- 
tion of the complex phenomena to occur there. Moreover, 
the results obtained at the radial position of r/R = 0.775 indi- 
cate that the description of radial gas mixing requires major 
improvements in the case of high values of the solids holdup. 
However, there is a good agreement of measurement and cal- 
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Figure 20. Comparison of measured and calculated 
ozone concentration profiles for intermedi- 
ate values of the solids holdup. 
Experimental conditions as given in Tables 1 and 3. Sym- 
bols: experimental data ( 0 :  center, 0: r / R  = 0.6, A : r / R  = 
0.775, V: wall). Lines: corresponding model calculations. 

culation at the wall and in the center of the riser. Since this 
agreement has been obtained without any parameter fitting it 
may be concluded that the present approach offers a high 
potential for future development. 

Conclusions 
A two-dimensional model for the description of the reac- 

tion behavior of CFB systems has been developed. The ap- 
proach makes use of an existing gas-mixing model for the 
upper dilute zone of a CFB reactor. Parameters of the model 
have been determined from earlier tracer gas experiments. 
Thus, the model allows us to predict the performance of a 
CFB reactor, provided the axial distribution of solids and a 
pair of radial profiles of upward and downward solids mass 
fluxes are given. 

The approach has been evaluated using a model reaction, 
the ozone decomposition, in a cold model CFB reactor ( H t  = 
15.6 m, d ,  = 0.4 m). The experimental data indicate that the 
CFB reactor is characterized by significant internal mass 
transfer limitations causing strong radial concentration gradi- 
ents of gaseous reactants. This characteristic feature should 
be taken into consideration when CFB reactors are designed 
for a specific application. It is shown that the present model 
is very well able to describe the measurements for the case of 
low solids holdup. If the solids concentration is higher, the 

1.0 , I 

0 2 4 6 8 1 0 1 2 1 4  
axial distance from gas distributor, h [m] 

Figure 21. Comparison of measured and calculated 
ozone concentration profiles for high values 
of the solids holdup. 
Experimental conditions as given in Tables 1 and 3. Sym- 
bols: experimental data ( 0 :  center, 0: r / R  = 0.6, A : r / R  = 
0.775, 0: wall). Lines: corresponding model calculations. 

model yields appropriate descriptions of the CFB reactor be- 
havior near the wall and in the center of the riser, whereas at 
intermediate radial positions deviations occur. However, the 
results of the study show the high potential of the present 
modeling approach, which can account for major properties 
of the CFB reactor. Future improvements should be focused 
on the behavior of these systems near the gas distributor and 
on a better description of the flow structure and the radial 
gas mixing for systems that are operated under dense condi- 
tions. 
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Notation 
a=exponential decay constant in Eq. 3, rn-' 

c ,  =local solids volume fraction 
cb =solids volume fraction at the lower end of the upper dilute zone 

c,, =solids volume fraction at  infinite distance from the gas distrib- 
utor 

d,  =riser diameter, rn 
g =gravity acceleration, m/s2 
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G, = external solids circulation rate, kg/(m2.s) 
Gsi =solids circulation rate as calculated from integration of local 

solids mass flux profiles, kg/(m2,s) 
Hb =height of bottom zone, m 
H, =total height of riser 
R =riser radius, m 
ps =apparent solids density, kg/m3 

Indices 
0 =at the gas distributor 
c =convective 

w =region in the bottom zone for r > R,,, 
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